Abstract The in¯uence of dissolved oxygen concentration on the nitri®cation kinetics was studied in the circulating bed reactor (CBR). The study was partly performed at laboratory scale with synthetic water, and partly at pilot scale with secondary ef¯uent as feed water. The nitri®-cation kinetics of the laboratory CBR as a function of the oxygen concentration can be described according to the half order and zero order rate equations of the diffusionreaction model applied to porous catalysts. When oxygen was the rate limiting substrate, the nitri®cation rate was close to a half order function of the oxygen concentration. The average oxygen diffusion coef®cient estimated by ®t-ting the diffusion-reaction model to the experimental results was around 66% of the respective value in water. The experimental results showed that either the ammonia or the oxygen concentration could be limiting for the nitri®cation kinetics. The latter occurred for an oxygen to ammonia concentration ratio below 1.5±2 gO 2 /gN-NH 4
for both laboratory and pilot scale reactors. The volumetric oxygen mass transfer coef®cient (k L a) determined in the laboratory scale reactor was 0.017 s A1 for a super®cial air velocity of 0.02 m s A1 , and the one determined in the pilot scale reactor was 0.040 s A1 for a super®cial air velocity of 0.031 m s A1 . The k L a for the pilot scale reactor did not change signi®cantly after bio®lm development, compared to the value measured without bio®lm. Nitrogen compounds like ammonia and nitrate can be found in many wastewaters and need to be removed in order to prevent oxygen depletion and eutrophication of surface waters. Often, ammonia biological removal from wastewater is problematic because of the low growth rate and growth yield of the bacteria involved. Due to the increasing volumes of wastewater combined with limited space availability and progressively tightening international standards, new intensive biotechnologies for wastewater treatment are being developed. Immobilisation of biomass in the form of bio®lms is an ef®cient method to retain slow growing microorganisms in continuous¯ow reactors. Fixed biomass processes offer several advantages compared with conventional biological treatments: higher volumetric load, increased process stability and compactness of the reactors. However, thick bio®lm development poses a problem with respect to oxygen transport to the microorganisms. Generally the average oxygen penetration depth in bio®lms is around 100 to 200 lm [1] . For this reason the bio®lm thickness should be preferably in the same range and a high bio®lm surface area is required in order to obtain maximal volumetric conversion rates.
List of symbols
It is generally agreed that, at least as a ®rst approximation, the bio®lm diffusion-reaction process can be modeled in a manner which is analogous to the description of a chemical reaction taking place in a porous catalyst [2±6]. According to this basic theory, bio®lm reactor performance depends on the diffusional resistance of the bio®lm to the penetration of substrates (ammonia and oxygen for nitri®cation processes). If the bio®lm is fully penetrated by both substrates, then the overall process is reaction rate limited and the nitri®cation kinetics is described by a zero order equation. Otherwise, the diffusional resistance to the penetration of either the substrates is controlling the overall reaction and the nitri®cation kinetics is a half order function of the substrate concentration which penetrates the bio®lm the least.
In bio®lm systems the maximum volumetric conversion rate is usually limited by the liquid-bio®lm [7] or the gasliquid oxygen mass transfer rate [8] . This study is aimed at investigating the in¯uence of dissolved oxygen in the kinetics of ammonia removal in a circulating bed reactor at laboratory and pilot scales.
Experimental

Experimental set-up
The circulating bed reactor (CBR), as shown in Fig. 1 , is a three phase-bioreactor. It has a rectangular geometry and is divided into two sections: an up¯ow aerated section (riser) and a down¯ow non aerated section (downcomer). The support for the biomass (24% v/v) is an irregular plastic granular product with a diameter between 0.5 and 3 mm and an average density of 0.87 g cm A3 . A homogeneous three phase circulation (liquid-gas-solid) is induced by the injection of air in the riser. The geometry and operating conditions of the laboratory and pilot scale reactors used in the present work are summarised in Table 1 .
Laboratory scale reactor operation A series of preliminary batch experiments were carried out to promote microbial adhesion and initial bio®lm formation. The support medium was seeded in a batch fermenter with a nitrifying bacterial suspension using an enrichment medium [9] . The bacterial suspension was obtained from the sedimentation tank downstream of a nitrifying bio®lm reactor. Afterwards, the support medium was introduced in the circulating bed reactor which was continuously fed with a solution of 50 mgN-NH 4 [10] . The temperature was controlled at 25 1°C for the ®rst 10 months of operation and afterwards to 29 1°C. The pH average value of the reactor during the ®rst 180 days was within the range of 6.5±7.6 and after that it was controlled at 7.5 0.2 with sodium hydrogenocarbonate 50 g l A1 NaHCO 3 .
Pilot scale reactor operation
The reactor was seeded in batch operation with activated sludge according to a speci®c start-up procedure [11] . Municipal wastewater after secondary treatment was used as reactor in¯uent in continuous operation. The reactor was operated under conditions of step-wise increase of the secondary ef¯uent¯ow rate. Average in¯uent ammonia and chemical oxygen demand were 50 mgN-NH 4 l A1 and 53 mgO 2 l A1 , respectively. The temperature was within the range of 16.7±22.5°C and the pH had an average value between 6.9 and 7.8.
Analytical procedures
Ammonia, nitrite and nitrate were evaluated photometrically, immediately after sampling and ®ltration through 0.22 lm membranes, by spectrophotometer HITACHI U-100 according to Standard Methods [12] , procedures 4500-NH 3 C, 4500-NO 2 B and 4500-NO 3 B, respectively. The dissolved oxygen concentration was measured by an oxymeter WTW, model OXI 538.
The quantity of washed out biomass in the ef¯uent was determined as total suspended solids after ®ltration by 0.22 lm ®lter, according to Standard Methods [12] , procedure 2540 B. The bio®lm mass was estimated by means of total protein (TP) and by dry matter (DM) measurements. The bio®lm was removed from the support medium after 7.5 minutes ultrasound treatment in 30 s cycles. The biomass TP was measured according to the method of Lowry [11] . Biomass DM was determined by the gravimetric method. Biomass density represents the weight of biomass expressed as DM per unit volume of bio®lm. Bio®lm volume was measured using a pycnometer as follows: the difference in the mass of acetone weighted in a pycnometer containing support particles with and without bio®lm, divided by the acetone density.
Bio®lm scanning electron microscopy (SEM) observations were made after adequate preparation of the bioparticles. After sampling, the bio®lm cells were ®xed with a solution of 3% (v/v) glutaraldehyde prepared in cacodylate buffer pH 7.2 for 2 h. Subsequently they were submitted to dehydration in a graded ethanol series (30, 50, 70, 90 and 100%). The samples were gold coated before they were observed in a Leica Cambridge scanning electron microscope.
Effect of dissolved oxygen concentration on the nitrification rate
Laboratory scale reactor The effect of dissolved oxygen concentration (DO) on the nitri®cation rate was investigated in short term experiments (10±12 hours), with constant biomass concentration. The DO was manipulated by changing the oxygen content of the gas, while keeping the super®cial gas velocity constant at 0.02 m s A1 . This was obtained by mixing pressurized air and nitrogen or oxygen gas. The in¯uence of the DO on the nitri®cation rate was also evaluated in long term reactor operation at constant air¯ow rate and ammonia loading rate.
Pilot scale reactor
The effect of DO on the nitri®cation rate was investigated in short term experiments (2±3 hours), with constant biomass concentration. The DO in the reactor was manipulated by changing the air¯ow rate. The in¯uence of the DO on the nitri®cation rate was also evaluated in long term reactor operation at constant bulk oxygen concentration and varying ammonia loading rate.
Oxygen transfer coefficient (k L a) measurement
The overall oxygen transfer coef®cient (k L a) can be calculated by means of a direct method [13] . Under steady state conditions the overall oxygen balance over the reactor yields:
where dC LYO 2 adt 0Y 1
i.e.:
is the dissolved oxygen concentration at saturation conditions. The actual dissolved oxygen concentration C LYO 2 was measured with an oxygen electrode, whereas the oxygen conversion rate r O 2 was calculated from the measured nitrite r N-NO À 2 and nitrate r N-NO À 3 conversion rates using the stoichiometric constants for ammonia (taken as 4.57 gO 2 /gN-NH 4 ) and nitrite (taken as 3.43 gO 2 /gN-NH
Results and discussion
Biofilm development
Bio®lm development, observed by light and scanning electron microscopes can be described as a three phase process of (i) cell attachment, (ii) bio®lm formation on the concavities of the support medium (non homogeneous coverage of the support by the bio®lm), and (iii) bio®lm spreading from the colonized surfaces areas to the remaining surface until all the support medium is completely covered by the bio®lm (homogeneous coverage). Phases (i), (ii) and (iii) are presented in Fig. 2 . This process was similar to the one described by Heijnen [14] . Bio®lm growth curves expressed by total protein (TP) and chemical oxygen demand (COD) are shown in Fig. 3 , for the laboratory and pilot scale reactors. The bio®lm accumulation rate was higher during the start-up period of the laboratory scale reactor. After 100 days of reactor operation, bio®lm total protein steady-state concentration was reached and had an average value of 0.91 kgTP m A3 reactor . In the pilot scale reactor, bio®lm steady state composition was not attained because the reactor operation was changed to secondary nitri®cation after day 90. It can be observed an increase in the bio®lm accumulation rate expressed by COD compared to the one expressed by total protein after 60 days of pilot reactor operation. This fact can be related to the accumulation of inert materials in the bio®lm [15] .
The effect of oxygen concentration on the nitrification rate
At laboratory scale, experiments were carried out during continuous reactor operation at conditions of pH not controlled (®rst 180 days) and pH controlled, to study the in¯uence of dissolved oxygen on nitri®cation kinetics. Steady state results from the laboratory scale reactor, for both conditions, and from the pilot scale reactor are summarized in Table 2 . Figure 4 shows the speci®c ammonia removal rate as a function of dissolved oxygen concentration on logarithm scale for the two operating conditions of the laboratory scale reactor: with and without pH control. It is evident from the ®gure that for both operating conditions, the speci®c ammonia removal rate depends on the bulk oxygen concentration, and a linear dependency is found until it reaches a constant value. The slope of both curves was calculated as 0.5.
The theory put forward by Harremo Èes [2] based on the diffusion-reaction model in porous catalysts is used here. Due to the highly turbulent conditions, liquid phase mass transfer is not considered to be the rate limiting step. When oxygen is partly penetrating the bio®lm, the removal rate is governed by a half order kinetics according to Eq. (4a). The oxygen removal rate is expected to increase proportionally to the square root of the bulk concentration, until the maximum removal rate is achieved, the latter being given by Eq. (5):
where: 
where r a N nitri®cation rate (gN-NH Values of the bio®lm apparent constants obtained by ®tting Eqs. (4a) and (5) to the experimental results are summarized in Table 3 .
As can be seen in Table 3 , two different half order oxygen rate constants were determined. The half order oxygen rate constant for the case where the pH was controlled is almost 100% higher than for the case where the pH was not controlled. This discrepancy can be related with the increase of the ammonia removal rate during continuous reactor operation due to pH control [16] . Other authors using the half order reaction concept reported apparent constants for several types of bio®lm reactors. These values are summarized in Table 4 .
The apparent zero order and half order rate constants determined in this study are within the range of values reported in literature (Table 4) . Some authors presented different values of the half order rate constant, depending on the dissolved oxygen concentration in the reactor [6] and on the fraction of autotrophs in the bio®lm [3] . The half order rate constant determined in this study is in the upper limit of the range of values reported in the literature. The reason for this could be related to the hydrodynamic characteristics of the CBR, that ensures a good mass transfer and effective control of bio®lm thickness [17] , enhancing the oxygen transport into the bio®lm.
Hem et al. [5] studied nitri®cation in a moving bed bio®lm reactor (MBBR) as a function of the oxygen concentration and the kinetics obtained was close to a ®rst order reaction, indicating a possible signi®cant in¯uence of the liquid ®lm resistance on the bio®lm kinetics. Rusten et al. [18] suggested that the reason why liquid ®lm diffusion was important in the MBBR was related with the carrier used. They demonstrated that only the protected surfaces inside the carrier were available for bio®lm growth.
The oxygen diffusion coef®cient determined in the present work using Eq. (6), 1X75 Â 10 À9 m 2 s À1 , was obtained by ®tting the diffusion-reaction model, Eqs. (4b) and (5), to the rate of ammonia consumption as a function of oxygen concentration for the case where the pH was controlled: 
The average bio®lm thickness used in the determination of the oxygen diffusion coef®cient, 179 lm, was calculated from the quotient between the bio®lm dry matter per unit surface area of the support and the bio®lm dry density. The bio®lm dry density was experimentally measured as 28.3 kgDM m A3 wet bio®lm and the bio®lm dry matter per unit surface area of the support was obtained from the quotient between the bio®lm dry matter per unit support volume, which was experimentally measured as 13.5 kgDM m ). The oxygen diffusion coef®cient calculated (1X75 Â 10 À9 m 2 s À1 ) was around 66% of the respective value in water.
Several authors reported values of diffusion coef®cients of compounds in bio®lms, in microbial cell aggregates and in gels with immobilized cells [19±21] . However, literature on the determination of the oxygen diffusion coef®cient in nitrifying bio®lms is scarce. Directly measured values of the oxygen diffusion coef®cient reported in literature for mixed nitrifying bio®lms are presented in Table 5 , together with the values obtained in this study.
The oxygen diffusion coef®cient determined in the present work (Table 4) is lower than the values published by other authors, probably due to the different methods that have been used. In the diffusion cell method a microbial layer was made by ®ltering a dispersed nitrifying culture onto the support ®lter, and oxygen was allowed to diffuse through the prepared biomass layer from a chamber with a high oxygen concentration to another one which was previously deoxygenated [22, 23] . However, inherent inaccuracies in the experimental method can be mentioned. Filtered biomass would not have the same structure as a true bio®lm and the mass transfer effect of the rough surface of the grown bio®lm may be lost. The method used in the present work requires the determination of the speci®c surface area of the bio®lm particles. Since the bio®lm was developed in an irregular granular support, the experimental measurement of this parameter was dif®cult and a simpli®cation was made by considering that the bio®lm particle had a spherical shape.
In order to compare the quotient of effective oxygen diffusivity in the bio®lm to molecular oxygen diffusivity in water obtained in this work with those reported in literature (Table 5) , the same correlation was used to determine the molecular oxygen diffusivity in water (Wilke-Change correlation, [24] ). The quotient value obtained by Williamson and McCarty [22] , indicating that the oxygen diffusivity in the bio®lm is higher than the molecular oxygen diffusivity in water, seems to indicate that another mechanism was involved in the transport of oxygen in the``bio®lm''. However, no comment was made by the authors about this value.
Nitrate accumulation was not detected in the ef¯uent from the laboratory scale reactor for both operating conditions: pH not controlled and pH controlled. For the phase where the pH was not controlled, the ef¯uent nitrite was 0.47 mgN-NO À 2 l A1 and ammonia removal ef®ciency was 64%. An ef¯uent nitrite of 0.81 mgN-NO À 2 l A1 and ammonia removal ef®ciency higher than 95% was observed for the phase where the pH was controlled. Dissolved oxygen in the reactor was always higher than 3.5 mgO 2 l
A1
. This implies that oxygen did not limit the nitri®cation rate. The diffusivity of oxygen in water D wYO2 was obtained from the Wilke-Change correlation [24] 3.3
The phenomenon of either the ammonia or the oxygen concentration being limiting for the nitrification rate
According to the experimental results obtained in the laboratory scale reactor, the dissolved oxygen concentration for which a change in the order of reaction was observed, i.e. half order reaction to zero order reaction, depended on the pH control (Fig. 4) . The transition values were 3.4 and 5.2 mgO 2 l A1 (Table 3) , for the cases of pH not controlled and pH controlled, respectively. Figure 5 presents the ammonia removal ef®ciency as a function of bulk oxygen to ammonia ratio for the laboratory and pilot scale reactors. Results were obtained from two sets of experiments: long term (several months) and short term (some hours) experiments. For both reactors, the transition from ammonia limitation to oxygen limitation was found to occur when the bulk oxygen to ammonia ratio was about 1.5±2 gO2/gN-NH 4 . It seems that reactor scale up did not affect the transition value from ammonia limitation to oxygen limitation.
Values reported in the literature for the transition from ammonia rate limited to oxygen limited nitri®cation are within the range 2.5±4 gO 2 /gN-NH 4 [3, 5, 6, 22] . The value obtained in this work for the laboratory and pilot scale reactors is lower than the values obtained by other authors. Again it can be suggested that due to the hydrodynamic characteristics of the CBR and the resulting thin bio®lms, the resistance to oxygen mass transfer within the bio®lm is lower than the observed in other bio®lm reactors.
Oxygen mass transfer
The volumetric oxygen mass transfer coef®cient, k L a, in the laboratory scale reactor presented a constant value of 0.017 s À1 for both phases of reactor operation, with and without pH control, corresponding to different ef®ciencies of ammonia nitrogen removal in the reactor, 64% and >95%, respectively. This can be explained according to Eq. (2) by the increase on the ammonia nitrogen removal rate due to pH control that resulted in a decrease on the dissolved oxygen concentration in the reactor from 7.1 mgO 2 l A1 to 4.7 mgO 2 l
A1
. Fig. 6 provides k L a as a function of Figure 7 shows the k L a and the dissolved oxygen concentration as a function of the oxygen conversion rate (r O 2 ) in the pilot scale reactor. In another work performed on this reactor operating in tertiary nitri®cation, k L a was measured by means of the gas-off method [11] . The average value obtained 0.043 s . This value is similar to the ones obtained by the two experimental methods and it can be suggested that the mass transfer coef®cient did not change signi®cantly after bio®lm development compared to the situation without bio®lm. The growth of bio®lm on the support particles did not change its volume fraction in the reactor. Furthermore, the previous equation adequately describes oxygen mass transfer in the laboratory scale reactor.
The average k L a value obtained in this work for pilot scale reactor, 0.040 s
, is higher than the k L a value obtained in the laboratory scale reactor, 0.017 s
. This is due to the different super®cial air velocities at which the two reactors were operated, 0.031 m s A1 and 0.02 m s A1 for the pilot and laboratory scale reactors, respectively.
Conclusion
The following conclusions can be drawn from the present study:
1. The bio®lm development can be described as a three phase process of cell attachment, bio®lm formation on the concavities of the support particles (non homogeneous coverage of the support by the bio®lm), and bio®lm spreading from the colonized surface areas to the remaining surface area until all the support medium is completely covered by the bio®lm (homogeneous coverage). 2. The nitri®cation kinetics of the laboratory CBR as a function of the oxygen concentration follows the half and zero order rate equations of the diffusion reaction model. When oxygen was the rate limiting substrate, the nitri®cation rate was close to a half order function of the oxygen concentration. The oxygen diffusion coef®cient estimated by ®tting the diffusion-reaction model to the experimental results was around 66% of the respective value in water. 3. The transition from ammonia limitation to oxygen limitation was found to occur when the bulk oxygen/ ammonia ratio was within the range 1.5±2 gO 2 /gN-NH
